This paper describes a dynamic membrane filtration system that combines crossflow filtration and centrifugal separation in a rotating tubular membrane. Because of the noslip boundary condition, membrane rotation leads to higher centripetal force near the lumen wall than introduction of a rotating flow. In this fundamental exploratory study, hollow glass microspheres (5 to 35 µm diameters) serve as model low-density, separate-phase foulants during filtration of aqueous suspensions through a tubular ceramic membrane (nominal 0.14 µm pore size). At low crossflow rates, membrane rotation at 1725 rpm decreases fouling and shifts the microsphere size distribution in the membrane cake towards smaller diameters. Force balance calculations suggest that centripetal force should move particles with diameters >~17 μm away from the lumen surface. Moreover, azimuthal and longitudinal shear stresses will also selectively remove larger particles from the membrane cake. Computational fluid dynamics (CFD) simulations show that the rotational flow does not fully develop in the membrane lumen and the fluid radial velocity peaks before the membrane wall. Both of these factors will decrease movement of low-density particles away from the lumen wall. Nevertheless, consistent with experimental data, CFD simulations show greatly decreasing encounters of particles with the membrane wall as particle size increases.
Introduction
Crossflow filtration is a membrane-based separation technique with many applications including desalination (Lee et al., 2011) , wastewater treatment (Carstensen et al., 2012; Le-Clech et al., 2006) , beverage production (El Rayess et al., 2011; van der Sman et al., 2012) , and hemodialysis (Nie et al., 2015) . In contrast to conventional crossflow filtration where liquid flows along stationary membrane surfaces to reduce concentration polarization or cake formation, dynamic crossflow filtration (DCF, also called dynamic filtration or shear-enhanced filtration) involves movement of solid boundaries such as the membrane itself or other surfaces positioned in the membrane's proximity (Jaffrin, 2008 (Jaffrin, , 2012 . Importantly, dynamic shear-enhanced filtration can decouple crossflow velocity and shear to control them independently (Jaffrin, 2008) .
Since its conceptual introduction in the late 1960s, DCF has been proposed or applied to separate a broad range of feeds including oil-in-water emulsions (Li et al., 2009; Reed et al., 1997; Viadero Jr et al., 2000) (milk, in particular (Ding et al., 2003; Frappart et al., 2006) ); suspensions of latex particles (Mikulášek and Doleček, 1994) , glass microspheres (Engler and Wiesner, 2000) , yeast (Brou et al., 2002; Lee et al., 1995; Liu et al., 2012) , bacterial cells (Frenander and Jönsson, 1996; Kroner and Nissinen, 1988) , algae (Ochirkhuyag et al., 2008) , and clay (Liu et al., 2012) ; black liquor (Bhattacharjee and Bhattacharya, 2006) ; aqueous slurries of SiO 2 (Choi et al., 1999; Engler and Wiesner, 2000) and CaCO 3 (He et al., 2007; Liu et al., 2012; Tu and Ding, 2010) ; protein solutions (Holeschovsky and Cooney, 1991) ; pulp (Ochirkhuyag et al., 2008) ; and navy ship wastewater (Bendick et al., 2014) . Although desalination by reverse and forward osmosis (Sherwood et al., 1967) was the initial DCF target and some studies utilized nanofiltration membranes (e.g. (Frappart et al., 2006) ), most DCF developments relate to porous membranes for ultrafiltration (Bhattacharjee and Bhattacharya, 2006; Ding et al., 2003; Hallstrom and Lopez-Leiva, 1978; Holeschovsky and Cooney, 1991; Li et al., 2009; Reed et al., 1997; Viadero Jr et al., 2000) and microfiltration (Aubert et al., 1993; Brou et al., 2002; Engler and Wiesner, 2000; Espina et al., 2008; He et al., 2007; Lee et al., 1995; Li et al., 2009; Mikulášek and Doleček, 1994; Tu and Ding, 2010) .
Typical DCF processes employ vibration (Beier et al., 2006; Genkin et al., 2006) or rotation of disks (Bouzerar et al., 2000; Brou et al., 2002; Ding et al., 2003; Ding et al., 2006; Espina et al., 2008; Frappart et al., 2006; Frenander and Jönsson, 1996; He et al., 2007; Lee et al., 1995; Li et al., 2009; Mänttäri et al., 2006; Sen et al., 2010; Tu and Ding, 2010) or membranes (Aubert et al., 1993; Beaudoin and Jaffrin, 1989; Belfort et al., 1993a; Belfort et al., 1993b; Bendick et al., 2014; Bhattacharjee and Bhattacharya, 2006; Choi et al., 1999; Dolecek et al., 1995 ; Engler and Wiesner, 2000; Hallstrom and Lopez-Leiva, 1978; Holeschovsky and Cooney, 1991; Kaplan and Halley, 1990; Kroner and Nissinen, 1988; Kroner et al., 1987; Liu et al., 2012; Mikulášek and Doleček, 1994; Murase et al., 1991; Ochirkhuyag et al., 2008; Park et al., 1994; Reed et al., 1997; Rock et al., 1986; Sarkar et al., 2011; Sen et al., 2010; Serra and Wiesner, 2000 ; Sherwood et al., 1967; Viadero Jr et al., 2000; Vigo et al., 1985) . The disks rotate in close proximity to a stationary membrane and can include multiple shafts Espina et al., 2008; He et al., 2007; Tu and Ding, 2010) and vanes (Ding et al., 2003; Li et al., 2009; Sen et al., 2010) . The family of rotating membrane systems includes an important subgroup of rotating annular filters (Belfort et al., 1993a; Belfort et al., 1993b; Choi et al., 1999; Dolecek et al., 1995; Hallstrom and Lopez-Leiva, 1978; Holeschovsky and Cooney, 1991; Kroner and Nissinen, 1988; Kroner et al., 1987; Mikulášek and Doleček, 1994; Murase et al., 1991; Park et al., 1994; Sherwood et al., 1967; Vigo et al., 1985) . In these filters, the feed flows through the annular gap between two concentric cylinders, where the porous membrane is the inner rotating cylinder and an impermeable cylinder is the outer and stationary wall; Taylor vortices that form in such flow channels can greatly enhance membrane performance as demonstrated in applications ranging from blood plasma filtration (Rock et al., 1986) to ultrafiltration of cutting oil emulsions (Vigo et al., 1985) . Several studies also employed flat membranes in DCF (Aubert et al., 1993; Bendick et al., 2014; Bhattacharjee and Bhattacharya, 2006; Engler and Wiesner, 2000; Ochirkhuyag et al., 2008; Reed et al., 1997; Sarkar et al., 2011; Sen et al., 2010; Serra and Wiesner, 2000 ; Viadero Jr et al., 2000) ; in such systems, a membrane mounted on a porous support rotates next to a wall that is stationary or rotating in the opposite direction to enhance shear. Other configurations such as a rotating helical membrane (Liu et al., 2012 ) and a rotating impermeable tube just upstream of a stationary tubular membrane (Shan, 2010; Shan et al., 2010) have been explored as well.
DCF studies to date focused on increasing wall shear stress and turbulence, or on employing local hydrodynamics (e. g. Taylor vortices in rotating annual filters) to minimize concentrate polarization and cake formation. Although rotating disks can enhance separation of oil-water mixtures, the centripetal forces in such systems are directed along and not normal to, the membrane surface. In rotating annular filters centripetal forces should help move the dispersed lighter phase away from the inner cylindrical membrane wall, but to our knowledge the importance of the buoyant force for separation has not been studied. This paper builds on our earlier experimental (Benard et al., 2014; Shan et al., 2010; Tarabara et al., 2013) and computational modeling work (Motin et al., 2015) and proposes a DCF system that combines crossflow filtration and centrifugal separation (Figure 1 ) where the density difference between the continuous and dispersed phases leads to particle transport away from the membrane. A rotating cylindrical membrane operates in an inside-out filtration to minimize deposition of the buoyant particles of the dispersed phase on the lumen surface. This study examines how deposition on the membrane varies with particle size to investigate the limits of membrane rotation for minimizing fouling through buoyancy forces. These limits will suggest whether such a strategy might apply to separation of oil-water emulsions.
Figure 1:
Diagram of crossflow filtration of a particle suspension through a rotating, solvent-permeable membrane.
Approach

Crossflow filtration with a rotating membrane: Separation principle
In a conventional centrifugation, the solution or suspension spins with an angular velocity = = , , where , ⃗ is the azimuthal velocity ( ⃗ is the azimuthal unit vector) of the liquid. In a rotating flow field, particles experience a net force, ⃗ , which is the sum of the centripetal force, ⃗ , and the buoyancy force, ⃗ (Figure 2A ). Eq. (1) gives the sum of these opposing forces that act along ⃗ , the unit radial vector pointing toward the axis of rotation, on a spherical particle of diameter in a fluid of density .
Crossflow
In this equation, is particle density and is the distance between the particle and the axis of rotation. For a negatively buoyant particle, this force is positive and acts toward the axis of rotation. Particles moving toward the center with a velocity , ⃗ also experience a drag force, ⃗ , which for a spherical particle in the creeping flow regime
(that is at a low particle Reynolds number = ≪ 1) is given by Stokes law:
where is the solution viscosity. Setting the sum of ⃗ and ⃗ equal to zero and solving for , gives Stokes law:
Larger density differences (∆ ) and rotational velocities ( , or ) translate into larger particle velocities ( , ) and better separations. If the rotating wall is porous (Figures 2B and 2C) , water flux through the wall will change the radial velocity of the particles with respect to the solvent. For a particle this will alter the drag force by ⃗ :
where , ⃗ is the velocity of the continuous phase in the radial direction. At the lumen surface (i. e. for = ), , = − , where is the permeate flux defined as permeate flow rate (m 3 /s) divided by the surface area of the lumen wall.
Summing the forces in eqs.
(1), (2) and (4) and setting them equal to zero leads to eq.
(5) for the radial velocity, , ⃗ , of a particle suspended inside the channel of a rotating tube with porous walls (e. g. a membrane) in the presence of flow through the wall.
.
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Figure 2: Force balance in a radial direction on a suspended negatively buoyant particle in a tubular channel with impervious walls (A) and in tubular membranes in the presence of permeate flow (B, C). As the rate of permeation through the membrane increases beyond a critical value, the direction of particle movement reverses from centripetal (B) to centrifugal (C).
The sign and magnitude of , depend on , , ∆ and the azimuthal velocity , :
If the product of 2 , ∆ , and , 2 is sufficiently large and is sufficiently small, , will be positive and the particles will move towards the axis of rotation ( Figure 2B , we assume the particles are less dense than the liquid.) If is sufficiently large, particles will move toward the porous wall. Thus, in crossflow filtration with a rotating tubular membrane, large particles will move towards the center of the membrane channel, but small particles may move to the membrane surface with the permeate flow. For large particles, their movement toward the center of the membrane should decrease or prevent fouling of the membrane surface with these particles.
Flow profiles in rotating membranes with crossflow
In traditional rotating flow obtained with a mixer or baffle and a stationary cylinder wall, the azimuthal velocity of the outmost layer of liquid is zero due to the no-slip boundary condition ( Figure 3A) . Thus, the fluid azimuthal velocity initially increases with radial distance from the center of the cross section, reaches a maximum value, and drops to zero at the wall. In contrast, our filtration system uses a rotating membrane to induce the swirling motion of the continuous phase. If the fluid mixture rotates as a block inside the membrane, the angular velocity ( ) is the same for all objects regardless of their position, but the azimuthal velocity ( , = ) of the fluid varies with the distance from the center of rotation. Importantly, the outermost layer of liquid near the membrane wall should have the largest azimuthal velocity, which is equal to , where is the radius of the tubular membrane ( Figure 3B ).
This high value of , at the wall should help minimize fouling by moving low density particles away from the wall. Based on the flow profile within the rotating membrane, we expect that larger particles will concentrate near the center of the membrane under the action of centripetal force and pass through the system with the crossflow.
Permeate flow may drag small particles to the membrane surface, but the membrane will reject such particles when they are larger than the membrane pore size. In principle, the rotating membrane should foul more slowly than a stationary one.
Figure 3:
Conceptual radial distribution of azimuthal velocities, , ( ), for rotating flow inside (A) a stationary membrane and (B) a rotating membrane. In the former case, flow rotation stems from introducing the feed into the membrane channel under an angle. In the latter case, the flow enters the membrane channel co-axially with the channel, and momentum transfer from the rotating wall rotates the fluid. The depicted velocity profiles are idealizations; Figure 8c shows more realistic velocity profiles for the rotating membrane.
Erosion of the membrane cake
In a net depositional environment, erosion due to flow tangential to the deposit's surface can have a significant impact on the rate of deposit accumulation. Lu and Ju (Lu and Ju, 1989) considered the moment of hydrodynamic forces acting on a particle about its point of contact with a cake surface as a criterion of whether the particle remains pinned on the surface or is swept off. Figure 4 illustrates this criterion for a rotating membrane.
The moment due to the sum of forces acting tangentially to the membrane surface, ⃗ , around the point A is � ⃗ � 2 (presuming the net force points upward), where is the angle of repose (defined as shown in Figure 4) . Similarly, the moment due to the sum of forces acting normal to the membrane surface, ⃗ , around point A is
. Because ⃗ points toward the lumen surface for any particles that remain there, the moment due to the normal forces is negative, and eq. (6) gives the sum of moments:
⃗ is the sum of the drag force, ⃗ , the gravitational buoyancy force, ⃗ , and the gravity force, ⃗ , which points downward:
The drag force can be approximated using a modified Stokes equation:
where the axial liquid velocity, , ⃗ , is evaluated as the Hagen-Poiseuille velocity at the center of the particle (i.e. at a distance 2 away from the membrane wall) and 1 = 1.0009 is a coefficient that accounts for the presence of the membrane (O'Neill, 1968) .
The gravity-based buoyancy force, ⃗ = ⃗ , are directed tangentially to the membrane surface because the membrane in our experiments is positioned vertically. The force ⃗ is the sum of all hydrodynamic forces that act on the particle in the direction normal to the membrane surface:
Figure 4:
Hydrodynamic forces acting on a buoyant microsphere positioned on a deposit of similar particles at the surface of a rotating crossflow filtration membrane. See the text for the definitions of forces.
The gravity-based buoyancy force, ⃗ = 3 6 ⃗ , and the gravity force,
⃗ , are directed tangentially to the membrane surface because the membrane in our experiments is positioned vertically.
Eq. (9) does not include XDLVO forces; for the very large particles employed in our study van-der-Waals forces are negligible and the effect of electrostatic repulsion does not extend beyond a distance that is ~10 3 times smaller than particle radius. Eq. (1) gives and expression for ⃗ + ⃗ , and ⃗ is the drag force exerted on the particle touching the membrane surface by the flow permeating the membrane. ⃗ is given by:
which is Stokes law modified to account for the inertial lift force and to include the wall correction factor, , derived by Sherwood (Sherwood, 1988 ):
In eq. (11), and are the total thickness and the total hydraulic resistance, respectively, of the membrane. In our case, the resistance of the cake is negligible compared to the resistance of the membrane. The lift velocity, , , is given by (Saffman, 1956; Vasseur and Cox, 1976 )
where ̇ is the shear rate at the wall. Approximating flow in the membrane channel using the Hagen-Poiseuille equation gives the following expression for the wall shear rate:
where ̅ , is the average crossflow velocity in the membrane channel ( ̅ , = 0.132 m/s).
A negative value of the moment given by eq. (6) indicates that the particle will remain on the surface, and eq. (14) corresponds to the zero value of the net moment.
Solving eq. (14) for the particle diameter will yield the cut-diameter, which is the diameter of the largest particle that remains pinned on the surface.
Mass balance on particles in crossflow filtration with erosion
In its most general form the mass balance on particles in the crossflow membrane channel with complete particle rejection is:
where ̇ is the net particle deposition rate. Not all deposited particles will remain in the cake. Some of the deposited material will exit with the retentate stream due to reentrainment by the crossflow and or as part of the flowing sub-layer of the cake (Davis and Birdsell, 1987; Leonard and Vassiliefl, 1984) . To describe this process we introduce the erosion parameter, (0 < < 1) and rewrite the mass balance as:
In this equation, ̇ represents deposition only, and the factor of (1 − ) takes erosion into account. When = 0 no erosion occurs whereas = 1 describes full erosion when cake does not accumulate and all particles that enter the membrane channel exit it with the retentate flow. In the creeping flow regime ( < 1), the drag force on a spherical particle is proportional to the particle's size, . Thus crossflow should preferentially remove larger particles from the cake. The previous section and prior studies (e. g. (Lu and Ju, 1989; Ould-Dris et al., 2000) ) suggest a critical particle size for erosion, so we propose the following empirical expression for the erosion parameter:
where is a constant with the unit of length, which approximately corresponds to the cut-diameter, i. e. when = there is no erosion. The functional form of eq. (17a) ensures that is bound within the [0; 1] interval.
Separation efficiency. Total and reduced grade efficiencies
Figures of merit for standard particle separation equipment, such as hydrocyclones, include the total grade efficiency, , and the reduced grade efficiency, (Svarovsky and Thew, 1992) . In the present case, is simply the ratio of the mass flow rate of particles exiting the membrane channel with the retentate to the total mass flow rate of particles entering the membrane channel at the inlet. Grade efficiencies approaching unity indicate a low rate of particles sticking to the membrane wall. However, this measure does not take into account the relative volumes of permeate and retentate flows. In contrast, includes the ratio, , of the retentate flow rate, , to the feed flow rate, : (19)).
Note that is not the concentration of particles in the permeate, but the concentration of particles that would exist in the permeate if the particles accumulating on the membrane wall passed through it. The actual concentration of particles in the permeate is zero because of the small membrane pore size.
Without taking into account erosion, the definition of (eq. 18a) and the mass balance (eq. (16) with = 0) lead to
Including erosion gives
It can be easily shown that
where and (a computational value only) are the total grade efficiencies with and without taking into account erosion, respectively. By definition, eq. 
where ⃗ denotes the velocity vector of liquid relative to the rotating frame of reference.
The term 2 ⃗ accounts for the rotation of the membrane and is often called the "centrifugal force"; it is effective in the filter domain and equals zero in the bulk flow domain. The position vector ⃗ locates arbitrary points in the computational domain relative to the origin of the rotating frame of reference. In eq. (23), ⃗ is the additional source term in the filter domain; this source term is modeled based on Darcy's law (see (Motin et al., 2013; Motin et al., 2015) for details).
The motion of the dispersed phase is estimated by tracking the trajectories of particles through the calculated flow field using a Lagrangian approach. A group of monodisperse particles of density 0.46 g/mL (mimicking hollow glass microspheres; see 
where
is the absolute value of drag force per unit mass of particle and is the drag coefficient. In this equation, ⃗ is the velocity vector of the dispersed phase relative to the rotating frame of reference (Motin et al., 2015) . The additional acceleration, ⃗ , can be due to a strong pressure gradient and high density difference between the continuous phase and the discrete phase (see (Motin et al., 2014a; Motin et al., 2014b) for details). Reference (Motin et al., 2015) gives details on numerical simulations and the solution strategies for both the continuous and dispersed phases.
Experimental
Membranes and the feed suspension
Tubular TiO 2 membranes (Filtanium, TAMI Industries) with a 0.14 µm nominal pore size were used in all filtration tests in an inside-out flow geometry. Membranes were 250 mm long with a 10 mm external diameter, a 6 mm inner diameter, and an effective filtration area of ~ 47.1 cm 2 . Hollow glass microspheres with a density of 0.46 g/mL and nominal diameters ranging from 5 to 27 µm were purchased from Cospheric LCC. Feed suspensions were prepared by adding 1.18 g of glass microspheres to 4 L of deionized water and stirring the mixture continuously using a magnetic stirring bar for at least 5 min. A Mastersizer 2000 (Malvern) particle sizer was used to measure the size distribution of microspheres in the suspension. Although the glass microspheres were hollow, the refractive index of glass ( = 1.52) was entered as an input for Mastersizer software. Microsphere concentration was determined spectrophotometrically (MultiSpec-1501, Shimadzu) by measuring light transmission at 800 nm. 
Experimental apparatus and filtration protocol
Results and Discussion
This study aims to identify the conditions under which rotating a membrane can decrease fouling by negatively buoyant particles. We employ hollow glass microspheres as model particles because their low density should lead to a high radial velocity toward the center of rotating membranes to reduce fouling even at relatively high permeate fluxes. The sections below describe (1) development of conditions under which particle deposition on membranes occurs and depends on particle size, (2) assessment of particle size in the cake that forms on the membrane surface,
modeling of the flow field in the lumen of the rotating membrane, (4) comparison of experimental and computational data for the efficiency of particle separation as a function of particle size, (5) assessment of the impact of particle cake erosion by shear forces on the separation efficiency, and (6) application prospects for rotating membranes.
Membrane fouling during crossflow filtration
The first step in this work is identification of crossflow filtration conditions under which fouling occurs and rotation may limit fouling. suggests that microspheres formed a cake on the stationary membrane and that membrane rotation limits particle deposition. Without membrane rotation, dropped 61% during 30 min of filtration, whereas with a rotating membrane (and the same crossflow velocity), decreased only 40%.
Because the microspheres are much larger (> 5 µm) than the nominal pore size of the membrane (0.14 µm), no particles should leave with the permeate stream, and the difference in the decrease in for rotating and stationary membrane should result from deposition of microspheres on the membrane surface. However, because the particle diameter is large compared to the membrane pore size, the decline in permeate flux due to the resistance of the cake layer is not significant. The cake mass recovered in our tests ranged from 0.27 to 0.68 g. Assuming a particle diameter of 11.5 µm (the most abundant particle size in the distribution) and a cake porosity of 0.4 (corresponding to loose random packing of spheres), the Carman-Kozeny equation (Carman, 1937; Kozeny, 1927) gives a value of ~ 1.2 x 10 9 m -1 for the hydraulic resistance of a cake with a mass of 0.68 g. This is almost two orders of magnitude smaller than the hydraulic resistance of the membrane itself 1.13 x 10 11 m -1 (calculated based on the pure water flux of 3170 L/(m 2
•h) at 1 bar). The thickness of the cake is ~ 0.53 mm for the highest amount of deposition, indicating that under these conditions cake occupies ~ 32% of the membrane channel cross-section. 
Particle size distribution in membrane cakes
In addition to reducing the mass of particles deposited on membrane walls, membrane rotation should shift the particle size distribution in the cake to lower sizes relative to the feed. Thus, this section examines the particle size distribution in the membrane cake both conceptually and experimentally to verify the effect of rotation on particle deposition. Because a particle's radial velocity toward the center of a rotating membrane depends on the square of the particle diameter (see eq. (5)), larger particles are less likely to reach the membrane wall and deposit there. Moreover, particles must have ⃗ directed toward the lumen wall to significantly foul the membrane; trajectories of such particles will intercept the surface of the membrane only if the time necessary for a particle to migrate to the surface radially (i.e. in direction opposite to ⃗ ) is smaller than / , , where is the length of the membrane channel.
In any cross-sectional plane normal to the membrane axis, particles that enter the cross-section closer to the membrane wall are more likely to deposit on the wall and contribute to membrane fouling. Thus the size, * , of the particles that have zero radial velocity near the wall is an approximate lower bound on the size of completely nonfouling particles. In other words, all particles larger than this critical particle diameter * should leave the membrane channel with retentate flow because even the smallest of them (the ones with diameter * ) entering the channel close to the membrane surface will have = 0 and not move toward the wall.
As defined above, the critical particle diameter, * , corresponds to particles with = 0 at ≅ . We choose a distance near the wall but not so close that the wall correction to drag is needed. Under these conditions and neglecting inertia, rearrangement of eq. (5) with substitution gives
For our experiments, solving equation (25) Using a backflush immediately after filtration, we collected microspheres deposited as a cake on the membrane surface and subsequently determined the size distribution for these particles. Figure 7A shows size distributions of the microspheres in a feed solution as well as in backflush solutions collected after filtrations with stationary and rotating membranes. (In one case, we measured the feed size distribution twice during an experiment, and it did not change significantly.) The gray area denotes the domain of particles larger than 17.3 µm, > * . Comparison of the particle size distribution in the feed suspension and in the cake formed on a rotating membrane clearly indicates the diminution of larger particles in the cake, consistent with transport of larger particles away from the wall. (Simulations described below provide a more detailed explanation of the particle distribution in the cake.)
Importantly, the particle size distribution in the cake obtained without membrane rotation did not differ significantly from that in the feed solution, indicating that crossflow alone (i.
e. in the absence of rotating flow) did not lead to preferential accumulation of particles of a certain size on the membrane. The crossflow rate ( = 1.2 x 10 -5 to 3.7 x 10 -6 m 3 /s along the length of the membrane) was the same for both the rotating and stationary membranes. Thus, these data further confirm that rotation-induced buoyancy forces selectively move larger particles away from the membrane. As noted above (Figure 6 ), rotation also leads to a decrease in the total mass of particles deposited on the membrane.
Flow patterns in rotating membranes
A more complete understanding of particle collection on membrane walls requires knowledge of the flow pattern within the membrane along with particle trajectories. Figure 3B . The normalized azimuthal velocity increases with distance along the membrane axis because reduction of the axial velocity downstream (see Figure 8A ) increases the swirl intensity ( / ̅ , ), indicating that the swirling flow develops in the rotating membrane system. The greater azimuthal velocity downstream yields an increase in the difference of centrifugal force between the two phases, which enhances the probability of the lighter, dispersed phase migrating toward the core. Nevertheless, throughout the membrane lumen, , is smaller than , the value for the azimuthal velocity in a completely developed flow.
These relatively low values of , will lead to greater movement of particles toward the wall and increased fouling. Radial velocity also increases in the downstream of the crossflow filtration due to the increase in the centrifugal acceleration (see Figure 8B ). This should increase the drag force on the particles and can decrease their migration rate towards the centerline of the flow. However, Figure 8C also shows that the radial velocity at the membrane wall is uniform along the axial locations. The average transmembrane pressure for these experiments is 0.1 MPa, and the total axial pressure loss due to flow should be less than 50 Pa. Thus, the nearly constant transmembrane pressure gives a uniform transmembrane flux throughout the membrane, and the radially outward drag force, ⃗ , on the particles situated close to the membrane wall is independent of the axial location.
Nevertheless, the maximum fluid radial velocities inside the lumen should bring larger than expected particles to the wall with inertia sufficient to foul the membrane. Overall, these flow profiles suggest that the critical particle diameter will underpredict the size of particles that can foul the membrane.
Shear stresses at the membrane wall will affect the extent to which particles are removed from the cake in a crossflow. The shear or traction forces acting on the membrane surface are calculated as ( ⃗) = = ⃗ + ⃗ + ⃗ . We ignore since it is normal to the membrane surface.
is the average shear component in the axial direction and
is the shear component in the azimuthal direction (Motin et al., 2015) . Figure 9 shows the variation of wall shear stress as a function of the axial distance into the membrane. The axial component of the wall shear stress, , is ̇, where the wall shear rate, ̇, is defined by eq. (13). The value of ̇ computed using eq. (13) is 0.18 Pa and is a reasonable match to 0.10 Pa, which is the CFD-predicted value of averaged over membrane length (Figure 9 ). Both the axial and azimuthal components of wall shear stress gradually decrease along the axial direction. However, because of the high angular speed of membrane, the azimuthal component ( ) is much higher than the axial component ( ). The increased resultant wall shear stress due to the higher swirling flow should help to dislodge particles from the membrane surface and allow axial crossflow to sweep them away and reduce their accumulation. 
Separation efficiency
Using the computed fluid flow pattern and particle trajectories in the rotating membrane, we estimated the fraction of particles of a given size that reach the membrane wall.
Assuming all of these particles remain on the wall, this fraction corresponds to 1 − . Based on this value and the flow ratio, , of 0.28 we determined
. Figure 10 shows that this calculated reduced grade efficiency (-•-)
increases with increasing particle size, as expected. Notably, at the critical particle size of 17.3 μm, is approximately 0.5, consistent with inertial effects decreasing compared to the value predicted with a simple force balance.
Experimental determination of for different particle sizes requires size distributions in the cake and the initial feed along with values for the mass of the cake and . To account for the change in the feed size distribution throughout the experiments, we employ eq. (26), where is the total grade efficiency for a given particle size range, is the volume of the feed solution (nearly constant because of recycling), is the feed volumetric flow rate, is the filtration time, , is the number of particles of the given size range in the wall, and , ( = 0) is the number of particles of that size range in the feed at the beginning of the filtration. (See SM for a derivation of this equation.)
Subsequently, we use eq. (18a) to calculate .
As Figure 10 shows, the experimental data (-○-) show higher values of than the CFD-predicted values of (-•-). This likely reflects the computational assumption that all particles that encounter the membrane wall remain in the cake. In reality, shear forces will remove particles from the wall, and sticking is a complicated function of surface energies, particle size and hydrodynamics (see below). under the given operating condition is ineffective; most of these particles will deposit on the membrane and block membrane pores or form a membrane cake. Rotationally induced buoyancy forces on these particles are essentially negligible.
Effect of erosion on the separation efficiency
Erosion of the cake due to the crossflow drag on the particles will increase compared to CFD calculations that assume all particles encountering the lumen wall remain there.
Modifying the CFD data by taking into account erosion (eqs. (15), (16), (20b), (22)) using as the fitting parameter in the expression for the erosion parameter, (eq. 17a), yields a much improved fit (-○-vs -▲-) to the experimental data and a value of 5.7 µm. This value corresponds to the cut-diameter; that is to say particles with diameters < should not erode with the crossflow. Figure S1 (see SM) gives values of as a function of particle size.
We employed the moment balance on a single particle (eq. (14)) for our experimental conditions to assess whether a cut-diameter of 5.7 µm is reasonable. Assuming that the angle of repose is 35.3 º (the value for hexagonal packing of spheres adapted by Chang et al. (Chang et al., 1995) ), the moment balance yields a cut-diameter value of 58.5 µm, and the experimental cut-diameter of 5.7 µm (see previous section) requires ≅ 13.5 º. The lower angle is more consistent with values of ≅ 6.3 º determined by Lu and Ju for microfiltration of a CaCO 3 slurry (Lu and Ju, 1989) and ≅ 17 º found by Vyas et al. for microfiltration of lactalbumin particles (Vyas et al., 2001 ). The combination of ≅ 13.5 º and ≅ 5.7 µm explains most of the discrepancy between experimental data and the CFD prediction ( Figure 10 ). Indeed, extrapolating experimental data to the point of zero reduced grade efficiency gives the particle size value between 5 and 10 µm. This size is smaller the critical particle diameter * = 17.3
µm. Thus, in our experimental system erosion likely plays an important role in removing particle in the 5 to 17 µm size range.
The proposed effect of erosion seems inconsistent with the particle size distribution (Figure 7 ) that indicates that crossflow in the absence of membrane rotation does not lead to preferential accumulation of smaller particles in the membrane cake. (Erosion should selectively remove large particles from the cake.) However, this apparent contradiction can be explained by assuming that the azimuthal shear stress dislodges particles. Indeed, is ~ 5 times higher than (0.5 Pa versus 0.1 Pa, see Figure 9 ).
The assumption that and not removes particles from the cake predicts that the cut-diameter ≅ 5.7 µm corresponds to the angle of repose θ ≅ 33.5 º (eqs (14), (17a), (20b), (22)), close to the angle corresponding to hexagonal packing (35.3 º).
While does not direct sheared particles axially toward the exit from the membrane channel, it should facilitate entrainment of particles in the crossflow. Under this scenario, crossflow will only erode the cake in the presence of rotation, which is consistent with our experimental data ( Figure 7 ).
The data in Figure 10 represent only one data set, and Figure S2 (see SM) shows data for a replicate experiment. Although the particle size distributions in these experiments are highly reproducible, accurately collecting and drying the cake is more difficult. The cake mass directly affects the value of and, hence, . Despite this uncertainty, the values of as a function of particles size are reasonably similar for the two data sets.
Fitting the second data set leads to a value of 6.9 μm, which is slightly larger than the value of 5.7 μm given above. The corresponding value of (angle of repose) is 14.1 º for the second data set compared to 13.5 º for the data in Figure 10 . If we assume that the azimuthal component of the shear stress dislodges particles, then = 6.9 μm translates into ≅ 34.8 º compared to 33.5 º for the first data set. Recall that for hexagonal packing is 35.3 º. Both data sets give reasonable values of the cut-diameter and angle of repose.
Prospects for rotating membranes
Despite fast rotation ( = 1725 rpm) and a large density difference (∆ ≈ 0.54 g/mL)
between continuous and dispersed phases, rotation-induced reductions in particle deposition on the membrane surface are limited. At the permeate flux of 8.8 x10 -4 m/s (3170 LMH), rotation significantly reduces cake formation only for particles larger than 8 µm. The value of required for particle separation depends on and ∆ , but, for a given particle size, this dependence is relatively weak: ~1 � ∆ (see eq. (5)).
However, for oil emulsions, a ∆ value of only 0.12 g/mL or less could easily require more than doubling the rotation rate compared to what we employed in this study (1725 rpm), unless the oil droplets coalesce near the membrane surface. Larger membranes with increased radii would require lower rotation rates, but rotation of membranes at large angular velocities may be impractical, especially when the membrane diameter is large so high torques require more power. Operating membrane at lower fluxes will decrease the required rotation rate, but of course this will decrease productivity.
Another disadvantage of rotating membranes is that the feed should be free of particles that are denser than the continuous phase because they would be driven by the centrifugal force to the membrane surface and would foul the membrane.
Nevertheless, membranes are attractive for treatment of oil-in-water emulsions because they remove small droplets with the cutoff size controlled by the choice of membrane pore size. Oil-in-water dispersions such as produced water may contain a large fraction (40% (TORR Canada, 2007) ) of oil in droplets that are too small for removal with conventional oil-water separation technologies such as hydrocyclones and dissolved air flotation (Frankiewicz, 2001) . A microfiltration membrane can remove such droplets albeit at the expense of membrane fouling. In the proposed rotational system, centripetal forces will limit this drawback for droplets larger than a given size. The DCF technology might prove useful for removing small droplets in a one-pass treatment.
Although a treatment train may remove small droplets (e.g. secondary pretreatment by a hydrocyclone or dissolved air flotation followed by conventional microfiltration with a stationary membrane), a rotating membrane without the secondary pretreatment step may require less space and time.
Conclusions
This proof-of-concept study describes crossflow filtration with a rotating membrane where hollow glass microspheres ( ≈ 0.46 g/mL) serve as a model system for evaluating the effects of membrane rotation on the accumulation of particles at the membrane surface. At low crossflow velocities, rotating the membrane leads to less loss of microspheres from the feed solution than filtration with a stationary membrane.
Moreover, the size distribution of microspheres recovered from the particle cake formed on the membrane shifts to lower diameters only for filtrations performed with membrane rotation. These effects stem from the rotation-induced centripetal force that preferentially moves larger particles away from the membrane. Shear forces should also preferentially dislodge large particles (>5 to 10 µm) from the cake. A force balance on a microsphere demonstrates that rotation and crossflow should greatly limit access to the membrane surface for particles with diameters >17 µm. Computational fluid dynamics simulations show that the rotating flow does not fully develop in the membrane, and inertial effects may lead to deposition of particles even when their diameter exceeds 17 µm. At the rotation rate in this work (1725 rpm), particles with diameters >35 μm are essentially completely excluded from the membrane, whereas rotation has minimal effect on particles with diameters <8 μm. A similar effect with oil droplets in water will require higher flow rates or lower fluxes, but a rotating membrane may avoid a pretreatment step to remove large oil droplets. Diagram of crossflow filtration of a particle suspension through a rotating, solvent-permeable membrane.
Figure 2
Force balance in a radial direction on a suspended negatively buoyant particle in a tubular channel with impervious walls (A) and in tubular membranes in the presence of permeate flow (B, C). As the rate of permeation through the membrane increases beyond a critical value, the direction of particle movement reverses from centripetal (B) to centrifugal (C).
Figure 3
Conceptual radial distribution of azimuthal velocities, , ( ), for rotating flow inside (A) a stationary membrane and (B) a rotating membrane. In the former case, flow rotation stems from introducing the feed into the membrane channel under an angle. In the latter case, the flow enters the membrane channel co-axially with the channel, and momentum transfer from the rotating wall will rotate the fluid. Figure 8c shows more realistic velocity profiles for the rotating membrane, as the fluid does not rotate as a block.
Figure 4
Figure 5
Diagram of the crossflow filtration system with a rotating membrane. Permeate was returned to the feed tank during the filtration (not shown). 
Figure 9
Axial and azimuthal components of shear stress along the inner wall of membrane. 
